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Abstract 
A cryogenic heat exchanger to remove carbon dioxide from landfill gas (LFG) is 
proposed and designed for applications to LNG production in distributed-scale. 
Since the major components of LFG are methane and carbon dioxide, CO2 removal 
is a significant pre-process in the liquefaction systems. A new and simple approach 
is proposed to directly remove carbon dioxide as frost on the surface wall along the 
cooling passage in a liquefying heat exchanger and to install two identical heat 
exchangers in parallel for alternative switching. As a first step of feasibility study, 
combined heat and mass transfer analysis is performed on the freeze-out process of 
CO2 in a counterflow heat exchanger, where CH4-CO2 mixture is cooled below its 
frost temperature in thermal contact with cold refrigerant. Engineering correlations 
for the analogy of heat and mass transfer are incorporated into numerical heat 
exchanger analysis with detailed fluid properties. The developed analytical model is 
used to estimate the distribution of CO2 accumulation and the required heat 
exchanger size with latent thermal load for the cryogenic CO2 removal in various 
operating conditions. 
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1. Introduction 

Landfill gas (LFG) is a useful resource of renewable energy whose major components 
are methane (CH4: 50~70% by volume) and carbon dioxide (CO2: 20~40% by volume). 
Over the past decade, there have been efforts to purify and liquefy methane into liquefied 
natural gas (LNG) for high energy-density storage and transportation at a moderate 
pressure(1-4).  For continuous production of LNG from LFG, CO2 should be removed, 
because its deposition as solid or frost would increase the flow resistance of passage and 
might cause a blockage after a period of operation. As the required CO2 fraction for LNG 
production is typically given at 50 ppm or less(5), an efficient and convenient separation of 
CH4 and CO2 is one of the key techniques in the LFG-to-LNG conversion process.  

A number of standard gas separation methods are applicable to the removal of CO2, 
including membrane, physical or chemical scrubbing, temperature or pressure swing 
adsorption (TSA or PSA), and distillation. The pilot-scale systems under recent 
development in U.S.A.(1,2), China(3), and Korea(4) have an LNG production rate at 160~2,350 
liters per hour (1,000~15,000 gallons per day), as referred to “distributed scale” by Barclay *Received 29 May, 2009 (No. 09-0221) 
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et al.(1). In these systems, either TSA or distillation was selected for the separation of 
methane and carbon dioxide. The TSA system by Gongaware et al.(2) is composed of two 
adsorbent beds so that one is used to remove water vapor and CO2 at near ambient 
temperature, while the other is heated to high temperature (~320oC) for regeneration. The 
distillation tower by Fan et al.(3) is designed to operate at a very high pressure (4.2 MPa) in 
temperature ranges of 218~280 K. Even though the CO2 removal performance of the 
systems may have been satisfactory, considerable improvement in efficiency, capital cost 
and reliability is needed to broaden the commercial potentials. 

A new approach to integrate CO2 removal process with CH4 liquefaction is proposed, 
and its feasibility is investigated in this work. The main idea is to remove CO2 directly as 
frost at the counterflow heat exchanger in thermal contact with cold refrigerant as shown in 
Fig. 1. Since the saturation (sublimation) pressure of CO2 at LNG temperature (112 K) is 
0.57 Pa, the mole fraction of CO2 can be made less than 6 ppm at the point where CH4 
begins to condense, if the mixture is at atmospheric or higher pressure. For a long term 
operation, two identical heat exchangers are installed in parallel so that they can alternately 
capture or release CO2 by periodically switching the flow directions. For simplicity, the 
detailed components for the releasing process are not shown in the schematic diagram. 

The proposed method has several potential advantages over the existing methods. 
Basically, this method is an “integrated" cryogenic process with LFG-to-LNG conversion, 
as the freeze-out removal of CO2 and the cool down of methane occurs simultaneously in 
heat exchanger without an extra device. This process does not require such a high pressure 
as distillation, but may be operational at atmospheric pressure. In addition, the proposed 
method does not require such a large surface area as adsorption, because the CO2 deposition 
is based on the direct phase change from gas to solid. On the other hand, the heat exchanger 
design for the proposed method may be very complicated, since the process is involved of 
two-component two-phase problem. In particular, this is a combined heat and mass transfer 
problem, as the convective heat transfer between LFG and cold refrigerant is heavily 
coupled with the latent heat due to the gas-to-solid phase change and the mass diffusion of 
CO2 in the gas mixture. 

There have been some related previous works on the cryogenic freeze-out process of 
CO2 in a heat exchanger. The freeze-out purification technique of natural gas was developed 
at the early stage of cryogenic engineering in 1950’s and 1960’s(5). A closer attention was 

Fig. 1 Schematic representation of proposed CO2 removal heat exchangers 
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paid by Chang and Smith(6) to the frost deposition of CO2 as a contaminant in cryogenic 
helium refrigeration or liquefaction systems, because the contamination was one of the 
major obstacles to a long-term operation of the helium systems in commercial use. An 
analytical solution was derived to calculate the distribution of CO2 accumulation rate for 
laminar flow of helium in a round tube. It was also reported that the mass diffusion of CO2 
in helium towards the passage wall is relatively slower than the thermal diffusion, which 
results in super-saturation and snow formation of CO2 in the stream. However, no technical 
information is available on the freeze-out process of CO2 in CH4 mixture as far as the 
authors are aware. 

As a first step of feasibility study on the proposed method, this paper presents a heat 
exchanger design, including the combined heat and mass transfer analysis for the removal 
process of CO2. The immediate goal is to calculate the distribution of CO2 deposition rate 
and estimate how much additional heat exchanger area is required for the proposed CO2 
removal in comparison with the pure CH4 heat exchanger. 

Nomenclature  

A  Cross-sectional area of flow in heat exchanger, m2 
c Concentration of gas, kg/m3 
Cp Specific heat at constant pressure, J/(kg K)  
f Friction factor 
h Heat transfer coefficient, W/(m2 K) 
hD Mass transfer coefficient, m/s 
iig Latent heat of sublimation, J/kg  
L Axial length of heat exchanger, m 
m  Mass flow rate, kg/s 
P Perimeter of flow passage in heat exchanger, m 
Psub Pressure of subscribed gas, kPa 
Pr Prandtl number 
R Gas constant, J/(kg K) 
Re Reynolds number 
Sc Schmidt number 
T Temperature, K 
u
_

 Mean flow velocity, m/s 
x Axial distance from warm end of heat exchanger, m 
x0 Axial location of frost point, m 
y Mole fraction in gas mixture 

Subscripts 

CH4 Methane 
CO2 Carbon dioxide 
MIX Mixture of methane and carbon dioxide 
N2 Nitrogen (refrigerant) 
SAT Saturation (sublimation) 
W Wall between two flows in heat exchanger 
 

2. Formulation 

The counterflow heat exchanger under investigation is schematically shown in Fig. 2. 
The mixture of CH4 and CO2 (denoted by subscript MIX) flows in a passage of the heat 
exchanger, and the cold refrigerant flows in the opposite direction in thermal contact with 
the mixture. The refrigerant is nitrogen gas (denoted by subscript N2) as selected by Chang 
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et al.(4). The wall between the two streams is denoted by subscript W, and the axial 
coordinate, x, is measured in the flow direction of the mixture from its inlet. 

The governing equations for axial temperature distribution are derived on infinitesimal 
control volumes shown in Fig. 2. The frost point (x0) is the axial location where the partial 
pressure of CO2 is equal to the saturation (sublimation) pressure at the wall, because the 
wall temperature is always lower than the mean temperature of the mixture. Flowing 
beyond this point, CO2 vapor is frozen and accumulated as frost on the wall. Once the phase 
change occurs on the wall, the CO2 concentration near the wall becomes smaller, which 
causes a net mass transfer of CO2 by molecular diffusion in the direction toward the wall.  

The energy balance equations are written for the two streams in steady state as 

( ) ( )4 4 2 2
MIX

CH pCH CO pCO MIX MIX W
dTm C m C h P T T

dx
+ = − −  (1) 

( )2
2 2 2 2

N
N p N N W N

dT
m C h P T T

dx
= − −  (2) 

where m , Cp, and h are the mass flow rate, the specific heat at constant pressure, and the 
heat transfer coefficient, respectively, and P is the flow perimeter so that the heat exchange 
area of the infinitesimal control volume is given by Pdx. The last terms in Eqs. (1) and (2) 
may be properly modified with so-called overall surface efficiency(7), if any fins or extended 
surfaces are attached to the wall. 

The mass balance for CH4 is simply 

4 0CHdm
dx

=  (3) 

However, the mass flow rate of CO2 decreases beyond the frost point as 

[ ]
02

2 0

0 for  
    

( ) for  
CO

D CO SAT W

x xdm
dx h P c c T x x

 <− = 
− ≥

 (4) 

which is also equal to the CO2 accumulation rate per unit length. In Eq. (4), c is the 
concentration, and hD is the mass transfer coefficient of CO2 in CH4. It is assumed that CO2 

Fig. 2 Infinitesimal control volumes and temperature distribution in counterflow heat 
exchanger 
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is in solid-vapor phase equilibrium at the wall for x≥x0, and the thermal resistance of the 
accumulated solid CO2 is negligibly small. In practice, the thickness of accumulated CO2 
will gradually grow and add to the thermal resistance between the streams, but this 
assumption is valid, if the switching period of the two heat exchangers is relatively short in 
comparison with the frost growing rate. The convective cooling by refrigerant should be 
equal to the sum of convective heat from the mixture and latent heat multiplied by CO2 
accumulation rate on the wall, or  

( ) ( )2
2 2

CO
MIX MIX W ig N W N

dm
h P T T i h P T T

dx
 − + − = − 
 

 (5) 

where iig is the latent heat of sublimation. 
In Eqs. (1)~ (5), the mass flow rate and the concentration of CH4 and CO2 can be 

expressed as 

2
4 4 4

4

 ,    MIX CO
CH CH MIX MIX CH

CH MIX

P P
m c u A c

R T
−

= =  (6) 

2
2 2 2

2

 ,   CO
CO CO MIX MIX CO

CO MIX

P
m c u A c

R T
= =  (7) 

respectively, based on the Dalton’s model of gas mixture. The heat and mass transfer 
coefficients in Eqs. (1), (2), and (4) can be estimated with a reasonable accuracy from the 
analogy of heat and mass transfer for fully developed flow (Rhosenow and Choi(8)), 

( )
2 3 2 3

2 4

Pr Sc
2

MIX D

CO CH pMIX MIX MIX

h h f
c c C u u

= =
+

 (8) 

where Pr and Sc are the Prandtl and Schmidt numbers of the mixture, respectively, and the 
friction factor f may be found from the viscous flow correlations in terms of Reynolds 
number (Re) as 

0.2

16 (laminar)
Re

0.046 (turbulent)
Re

f


= 



 (9) 

for a smooth and round tube. 
The thermal properties of fluid are evaluated as a function of temperature with the U.S. 

NIST Standard Reference Database REFPROP(9). The most uncertain property in this 
analysis is the mass diffusivity of CO2 in CH4, especially at cryogenic temperatures. In this 
study, a simple empirical equation according to Kopp’s Law of additive volumes(8) is used 
for the coefficient as a function of temperature. 

 

3. Numerical calculation 

The temperature distribution of gas mixture and nitrogen gas and the concentration 
distribution of CO2 are calculated numerically by solving simultaneously Eqs. (1)~ (5). At 
the inlet of MIX, TMIX (0) is fixed at 300 K and the mole fraction of CO2 is a variable in 
range of 0~30%. At the inlet of N2, TN2(L) is also fixed at 100 K for an efficient and 
compact design, as given by Chang et al.(4). Pressure is assumed to be atmospheric for both 



 

 

Journal of  Thermal 
Science and Technology  

367 

Vol. 4, No. 3, 2009

streams. At the exit of mixture, TMIX (L) is also given at 112 K (the saturation temperature of 
CH4 at atmospheric pressure) and the required heat exchanger length, L, is the goal of 
calculation. The condensation region of methane is not considered in this study, because the 
effect of CO2 is negligibly small in this nearly isothermal flow and the two-phase heat 
exchanger of pure methane is fully considered in the previous study(4). 

The equations are rearranged in differential forms of four unknown functions; TMIX (x), 
TN2(x), PCO2(x), and u

_
MIX (x). The numerical integration starts from x = 0 with a guessed 

value of TN2(0) and by letting PCO2(x) a constant until the mixture reaches the frost point (x 
= x0). Beyond this point, the frost deposition and mass transfer of CO2 is calculated up to x 
= L, where the calculated TN2(L) and TMIX (L) are compared with the given value. The whole 
process is repeated with the “shooting method” until the boundary conditions are satisfied. 
The integration scheme is the fourth-order Runge-Kutta method, and the REFPROP code(8) 
is linked, taking into full account the temperature dependency of fluid properties. 

 

4. Results and Discussion 

The correctness of the formulation and numerical calculation is confirmed prior to 
presenting the results. Since no previous quantitative data are available for CO2 frost 
formation in CH4, an accumulation distribution of CO2 in helium gas was calculated with 
the developed program, and the results are compared in Fig. 3 with the analytical and 
experimental data reported earlier. In the calculation, the CO2 mole fraction in helium is 100 
ppm and the other flow conditions are the same as the experiment by Chang and Smith(6). 
The previous analysis was based on the assumption that the mass transfer of CO2 in helium 
is not coupled from the heat transfer because of the very small mole fraction. A fairly good 
agreement is observed for the three curves. One of the reasons for the small discrepancy 
with the analytical result is that the temperature dependency of fluid properties was not 
fully considered in the previous analysis. The secondary peak in the experimental result was 
explained with the possibility of snow formation due to the super-saturation(6), as the 
thermal diffusion of He is much faster than the mass diffusion of CO2. No super-saturation 
is expected in the CO2-CH4 mixture, because the thermal diffusion is not so fast as in 
helium. It may be stated with this comparison that the developed analytical model is correct 
on the whole, even though the effect of latent heat could not be clearly verified because of 
the small CO2 mole fraction in the experimental condition. 

Figures 4 (a) and (b) show the calculated temperature distribution of the two streams 
and wall when the CO2 mole fraction is 0 (i.e. pure CH4) and 0.3, respectively. For 

Fig. 3 Calculated distribution of CO2 accumulation in comparison with previous study 
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simplicity, the heat exchanger is selected as concentric tubes where the gas mixture flows 
through inner tube with diameter 6.3 mm and the nitrogen gas flows in opposite direction 
through the annular space whose outer diameter is 12.7 mm. The mass flow rate of CH4 (not 
the mixture) in a tube is 0.185 g/s, which is specified by the pilot system for LNG 
production rate of 160 liters/hr (1000 gallons LNG/day) and 100 divided parallel tubes of 
heat exchanger(4). The required mass flow rate of mixture in each tube is 0.403 g/s for yCO2 
= 0.3. The mass flow rate of N2 is fixed at 0.740 g/s in these calculations, and the effect of 
mass flow ratio in the heat exchanger is discussed later.  

In Fig. 4(a), the temperature distributions are all smooth and concave up, since no CO2 
frost is formed and the capacity rate of cold refrigerant is greater. The required length of 
heat exchanger is estimated at 2.33 m. In Fig. 4(b), the frost point (x0) is 1.21 m from the 
inlet, where the wall temperature is 180.9 K (the saturation temperature corresponding to 
PCO2 = 30 kPa), and the required length is as great as 3.59 m, which is 54.0% greater 
because of the latent cooling load (i.e. freeze-out removal of CO2) as well as the increased 
mass flow rate of mixture. It is interesting to note the curvature of temperature curves in 
Fig. 4(b), because the curves are nearly linear at x≤x0, but exhibit some “non-parallel” 
shapes as passing through the frost point, then becomes almost the same curvature as in Fig. 
4(a) at x > 3 m. The reason is that the capacity rate of mixture gas with added CO2 is 
heavier at x≤x0, but is reduced to that of pure CH4 after CO2 is removed as frost. Recalling 
that the exit temperature is set at 112 K, the mole fraction of CO2 is very low (5.7 ppm) at 
the exit. 

Figure 5 compares the distribution of CO2 accumulation rate for three cases of yCO2 = 
0.1, 0.2, and 0.3. As yCO2 increases, the required heat exchanger length increases and the 

Fig. 5 Distribution of CO2 accumulation for various values of CO2 mole fraction at inlet 

(a) yCO2 = 0 (pure CH4)               (b) yCO2 = 0.3 

Fig. 4 Distribution of fluid and wall temperatures for various CO2 mole fractions at inlet



 

 

Journal of  Thermal 
Science and Technology  

369 

Vol. 4, No. 3, 2009

frost point moves farther downstream, but the curves have nearly a similar shape that has a 
sharp peak near the frost point and then gradually decays along the flow. This means that 
the CO2 deposit will be concentrated in the short region at immediate downstream of the 
frost point. The peak accumulation rate is a significant value with which the switching 
period for the system shown in Fig. 1 may be determined in order to avoid a serious level of 
flow and thermal resistance due to the CO2 accumulation. 

Since the heat exchanger under investigation is part of the reversed-Brayton cycle with 
refrigerant of N2 gas as shown in Fig. 1, the mass flow ratio, 2 4/N CHm m , is an important 
design parameter. Figure 6 shows the distribution of CO2 accumulation and fluid 
temperatures for three different values of the mass flow ratio, when yCO2 = 0.3. If the ratio is 
12 or greater, the CO2 accumulation starts immediately at the inlet of mixture, because the 
wall temperature is smaller than the frost point. It is clear that the required heat exchanger 
length decreases as the mass flow rate increases, because the temperature difference 
between the two streams becomes greater. For a smaller mass flow ratio, the frost point 
shifts to farther downstream of the mixture and the required heat exchanger length becomes 
greater. It is noted in Fig. 6 that as the mass flow ratio decreases, the required heat 
exchanger length increases considerably, but even in the larger heat exchanger, the CO2 
deposition region and the peak accumulation rate do not vary considerably. This is a 
significant implication that the switching period of regeneration should be determined 
mainly by the inlet concentration of CO2, but is not strongly dependent upon the mass flow 
ratio or the size of heat exchanger. 

Similar calculations are repeated for a number of different values of the mass flow ratio 
and the inlet mole fraction of CO2, and the results are plotted in Fig. 7. The required length 
increases sharply as the mass flow ratio decreases to 5 or less, but does not vary much if the 
ratio exceeds 10, since the heavy mass flow of cold nitrogen is dominant over the latent 

Fig. 6 Distribution of fluid temperatures and CO2 accumulation for three mass flow ratios 
(yCO2 = 0.3) 
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heat. In practice, the mass flow ratio should be well above 10 in order to simultaneously 
satisfy efficiency and compactness (Chang et al.(4)). In such cases, the additional heat 
exchanger for CO2 removal is estimated only at 40% or less in comparison with pure 
methane system. Finally, it should be recalled that only the cool-down process of LFG is 
considered in this heat exchanger design, because the condensation region of methane 
should require basically the same size of heat exchanger regardless of CO2 concentration. 
Therefore, the actual addition of overall liquefying heat exchanger shown in Fig. 1 due to 
CO2 removal is well below 45 %. 

 

5. Conclusions 

The combined heat and mass transfer problem is successfully formulated and solved for 
the newly proposed CO2 removal process in a cryogenic heat exchanger between LFG 
(mixture of CH4 and CO2) and cold refrigerant gas (N2). The developed analytical model is 
used to estimate the distribution of frost deposition of CO2 and the heat exchanger size 
required to cool CH4 to 112 K (LNG temperature) and remove CO2 to 5.7 ppm at the same 
time. A data set is constructed through repeated calculations with a variety of flow 
conditions. It may be concluded that only 45% or less addition in heat exchange area is 
needed for the CO2 removal in comparison with pure methane heat exchanger, thus the 
proposed freeze-out removal is feasible in terms of heat exchanger size. Based upon this 
analytical study, further work is underway towards the practical system design, including 
the alternating mechanism of CO2 accumulation and regeneration with two identical heat 
exchangers. 
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